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Abstract

The characteristics of gas—solids mass transfer were studied in a downer reactor with the adsorption of CO, tracer by activated charcoal particle.
Axial distribution profiles of the CO, tracer concentration were measured under several different operating conditions. Mass transfer coefficient
and axial dispersion coefficient were evaluated with a non-linear regressing method (Marquardt method). It was found that the operating conditions
such as solids circulation rate and gas velocity have complicated effects on the gas—solids mass transfer coefficient, and the effect of superficial
gas velocity seemed to be more significant than that of solids circulation rate.

The following empirical correlations were found to best fit the experimental data for axial dispersion coefficient, £, and overall mass transfer

coefficient, Kg:
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1. Introduction

The cocurrent downflow circulating fluidized bed (downer)
is a new type of fluidized bed reactor with great potential in
commercial applications. In petrochemical industry, the downer
has been regarded as a possible future and better alternative to
the upflow fluidized bed (riser) for certain reactions since it is
a quick contact reaction system and has such significant advan-
tages as more uniform gas and solids flow structure, reduced
axial dispersion and uniform gas and solids residence times
[1-3]. Therefore in the last decade, the hydrodynamics in the
new downer system have been studied by several research groups
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and considerable attention has been paid to its development
[4-10].

However, most of the previous research in the downer was
limited to its hydrodynamic characteristics such as two-phase
flow behaviour, profiles of pressure gradient, solids concen-
tration and velocity distributions. Wei et al. [4] studied gas
dispersion in a downer with a steady-state tracer experiment.
Zhu et al. [11] studied the radial gas—solids mixing in the
entrance region through heat transfer measurements. Richard-
son and Backhtier [12] and Szckely [13] have reported the use
of adsorption methods to study the gas—solids mass transfer in
fluidized beds. They found that the rate of physical adsorption
is much faster than that of diffusion so that adsorption cannot
be the controlling step in the whole mass transfer process. Thus,
it is feasible to study mass transfer in a fluidized bed using the
adsorption method. In some of the previous studies, solids were
weighed to quantify the adsorption [14,15]. This needs preci-
sion instrument, complex operation and still often leads to poor


mailto:jzhu@uwo.ca
dx.doi.org/10.1016/j.cej.2007.01.008

B. Luo et al. / Chemical Engineering Journal 132 (2007) 9-15

Nomenclature
a specific surface area of adsorbent (1/m)
c molar concentration of adsorbate in gas bulk

(mol/m?)

o initial molar concentration of the tracer gas at the
reactor entrance (mol/m?>)

G interfacial molar concentration of the tracer gas
(mol/m?)

c* molar concentration of the tracer gas in
equilibrium with ¢; (mol/m?)

C dimensionless concentration, cj/co

dr time required for the solids to pass through the
differential section of the downer (s)

dx the height of the differential section of the downer
(m)

D, efficient diffusion coefficient in the inner cavity
(m2/s)

E, axial dispersion coefficient in gas phase (m?/s)

F, mass flow rate of gas phase (kg/s)

Gy solids circulation rate (kg/m2 s)

ke mass transfer coefficient in the gas film (m/s)

kg mass transfer coefficient in the film of solids side
(m/s)

Kg overall mass transfer coefficient defined with
difference of concentration (m/s)

K, overall mass transfer coefficient defined with
difference of adsorbed quantity (kg/m? s)

L total height of downer (m)

m volumetric solids to gas ratio
(=Gil(ugpp) = vs(1 — )/uty)

Pey Peclet Number of axial dispersion

Pe; Peclet Number of mass transfer

q adsorbed tracer gas quantity per unit weight of
particles (mol/kg)

qi adsorbed tracer gas quantity in equilibrium with
interface concentration (mol/kg)

q adsorbed tracer gas quantity in equilibrium with
gas concentration (mol/kg)

R particle radius (m)

Rep particle Reynolds number

s cross-sectional area of the downer (mz)

t time (s)

Ug superficial gas velocity (m/s)

Vg actual particle velocity (m/s)

X axial distance from the downer top (m)

y molar fraction of the absorbate in gas bulk

z dimensionless distance from the downer top
(=x/L)

Greek letters

B Henry’s coefficient (m>/kg)

y overall mass transfer rate (mol/m? s)

Ya mass transfer rate of adsorption in gas interface

film (mol/m3 s)

Yb mass transfer rate in the film of solids phase
(mol/m? s)

) bed voidage

] dimensionless number for adsorption equilibrium

Ob bed density (kg/m3)

Pp particle density (kg/m®)

accuracy in the measurements. Another measurement method is
the dynamic method [16], which requires rapid and continuous
measurement of the adsorbate concentration in the inlet/outlet
gas streams and a sophisticated method for data analysis.

So far, the gas—solids mass transfer behaviour in the downer
has still not been directly measured. Since the gas—solids mass
transfer rate is an extremely important parameter to control the
reaction rate and selectivity, to obtain uniform product distribu-
tion, to maximize the yield for desirable intermediate products,
and to avoid over-reaction, further studies of the characteristics
of gas—solids mass transfer is essential for the design and devel-
opment of downer reactors. In the downer, because the solid
particles are renewed constantly, the adsorption process is dif-
ferent from that in fixed beds and other non-circulating fluidized
beds, so that it is more difficult to set up an appropriate model to
obtain the mass transfer data by the dynamic adsorption method.
Therefore, a method with the steady-state adsorption of CO; gas
tracer by activated charcoal particles was applied. Although the
adsorption of carbon dioxide on activated charcoal has been
employed in many researches [19,20], it was applied for the first
time in a cocurrent downflow gas—solid circulating fluidized bed
in this study.

In this work, experiments were carried out to measure the
steady-state adsorption of CO;, on the activated charcoal par-
ticles in the downer. Using this method, the characteristics of
gas—solids mass transfer were investigated under different oper-
ating conditions.

2. Experimental method and apparatus

Experiments were carried out at atmospheric pressure and
room temperature (20 °C). Air was used as the fluidizing gas,
and CO; gas was the tracer. The solid phase (adsorbent) is GH-
13 activated charcoal with an average diameter of 337 pwm, a bulk
density of 410 kg/m? and a skeleton density of 1270 kg/m?.

Due to the adsorption, CO; tracer concentration decreases
along the downer. By monitoring the change of trace concentra-
tion at different axial locations, the amount of CO, adsorption
by the activated charcoal can be obtained. To ensure accuracy,
the used charcoal was not re-circulated back to the downer top.
Fresh charcoal particles were used for all adsorption tests.

A model for mass transfer was established with the following
assumptions:

(1) In the downer, both the gas and solids flow downward in
the same direction of gravity and the radial distributions
of gas and solids velocities are uniform. Therefore, a
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one-dimensional model can be used to describe the mass
transfer in the downer.

(2) The mass transfer coefficient, gas diffusion coefficient and
gas velocity all remain constant in the entire riser. Due
to the low concentration of tracer gas, its adsorption has
negligible effect on the gas flow rate.

(3) The axial gas dispersion is due to the turbulent movement
and can be described by the dispersion coefficient, E;.

Based on these assumptions, a mass balance across a height
increment in the downer gives:

W\ (PN o (W), (%
o(ae) -2 (52) +o (50) =+ (3)
dq
(1 —e) <8t> ~0 ()

For steady-state conditions, dc/dt=0, Eq. (1) can be simpli-
fied to:

£ d*c B (dc)_G (dq)_o 5
a @ Ug a s a = )

For the steady-state mass transfer, the kinetic equation for
gas adsorption is:

dr
= ksapp(gi — q) 3)

d
Y=VYa=VYb= /b (q) = Kga(c — ¢*) = kga(c — ¢j)

here k¢ and kg are the mass transfer coefficients of the gas side
and the solids side. ks is related to D., the effective coefficient
of diffusion in the solids phase, by the following equation [17];

_15D(1 — ¢)
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Since df = dx/vg, one has
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Combining Egs. (3) and (5), one has:

d Kga(c — ¢*)

L2t ©)

dx PbUs
According to the adsorption equilibrium, the distribution of
adsorption in the gas and the solids phases at the interface is

=2 N

Therefore, the basic gas—solids adsorption equations are
given by Eqgs. (2), (6) and (7).
In addition, the boundary conditions are:

x =0, c=cp 3
x =0, q=0 )
L d_y (10)
X = . —_— =
dx

A mass balance for the tracer gas from the top of the bed
(x=0) to the location x gives:

_ ug(co — ¢)
Gs
Substituting Eq. (11) into the equations for adsorption and

making them dimensionless will yield the following expres-
sions:

Y

1 [d*c dc C—(®/(1 + )
— =] -=-+0)——— "~ =0,
Pe) <d2Z> dz 1+ Pe,
d
Z7=0, C=1 Z=1, — =0 (12)
dz
where
C X I/tg ug
= —, Z:*, P€1=L7, P82= ’
(&) L Ea KFaL
g
Gsp

Solving the above equation provides the following analytic
solution for the dimensionless concentration of the CO; tracer
gas along the downer:

_ neMtE) — geEn0) L (el — g6F)
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R

Egs. (13)-(15) were used to analyze the experimental data.

The experimental apparatus is shown in Fig. 1. The total
height of the apparatus was about 5 m. The inner diameter of the
Plexiglas downer was 33 mm and its height was 2.81 m. There
were six sampling taps, located at 0.0, 0.58, 1.16, 1.73, 2.26
and 2.81 m below the downer entrance. Mixed with dry air, the
tracer CO; entered the reactor via a single nozzle located at
the downer center as air distributor (5). The activated charcoal
particles were fed through a valve (4-E) and then flow into Ven-
ture tube (6), where the gas mixture was mixed and contacted
with the adsorbent particles. Mass transfer took place between
gas and solids as they flow downwards in the downer. At the
bottom of the reactor, gas and solids were separated rapidly by
a uniflow cyclone (10). The solid particles then flow into the
lower container (12). In order to stabilize the gas pressure and
to ensure stable operation of the uniflow-cyclone, solid particles
were first transported into the bottom container (14) where they
were lifted to the upper container (2) by dry and CO; free air.
Valves D and C were used to measure the solids circulation rate
and to remove the used adsorbent particles. Tank (11) was used
as supply storage when starting to run the system, from which
fresh charcoal particles were lifted by CO; free air to the upper
container (2). Valve C was open when the system was started
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Fig. 1. Schematic diagram of the downer apparatus.

to achieve steady solids flow conditions, but were closed when
CO;, tracer was introduced to start the adsorption experiments.

The tracer gas was sampled simultaneously from the six taps
along the downer. Each tap was covered by a fine mesh to prevent
the particles from entering into the sampling line. The carbon
dust on the fine mesh may adsorb the tracer gas, however the
amount of dust is too small and so is the adsorbed CO; to affect
the measurement. The dust formed on the fine mesh will soon
reach equilibrium and practically incapable of affecting the con-
centration of CO5 in the sampled gas. The concentration of CO,
in each gas sample was then determined by chromatography, to
give the axial distribution of CO, concentration in the downer.
With the experimentally measured axial distribution profile of
tracer CO, concentration (cj/cg), the model parameters Pe; and
Pey and the corresponding E, and K were evaluated with
the Marquardt non-linear regression method according to Eqs.
(13)—(15). Marquardt non-linear regression is an efficient itera-
tive method which is a combination of Linear Descent (works
well for early iterations) and Gauss—Newton method (works well
for later iterations) to find the best fit values for experimental
data.

3. Results and discussion
3.1. Axial distribution profile of the CO; concentration

Fig. 2 shows the axial distributions of CO, concentration
measured under different operating conditions. It is found that
the concentration of CO, decreases as the gas and solids flow
downward because of gas—solids mass transfer. The concentra-
tion of CO, decreases more dramatically upon initial gas and
solids contact and then more gradually down the bed. Since the
extent of the decrease is governed by the gas—solids mass trans-

1

Ug=1.23 m/s
ool s = 1.5 kg/ms
o 0.8 3 ,
(& -
Oort
06 L 79
05 L 1 L | N 1 L 0g 1 ,
0 0.2 0.4 0.6 0.8 1
x/L

Fig. 2. Axial distribution profiles of the tracer CO, concentration.

fer rate, the above results show that the initial gas and solids
mass transfer is very high and that the adsorption between the
gas and solids become gradually saturated below.

Further down, the rate of mass transfer approaches zero and
there is no further visible change in the concentration of CO»
along the axial direction. This also means that adsorption has
reached equilibrium.

3.2. Axial dispersion coefficient E,

The value of axial dispersion coefficient evaluated from the
experimental data ranges from 0.25 to 0.6, which is an order
of magnitude lower than that in the riser [18]. This is due to
the uniform gas and solids flow in the direction of gravity. With
reduced axial gas and solids dispersions, the reaction selectivity
in the downer is much better than that in the riser.

The operating conditions such as solids circulation rate, G,
and superficial gas velocity, uy, have very significant effect on
the axial gas dispersion coefficient, E,. It is obvious that the
solids concentration always increase with the solids circulation
rate [5]. The gas flow turbulence increases with increasing solid
concentration. However at high solid concentrations (well above
the solid concentrations in this study) the eddies may be broken
by the solid particles and consequently the flow may become
less turbulent (Fig. 3a). Increasing gas velocity also enhances
the turbulent movement in the gas—solids flow and consequently
raises the axial gas dispersion coefficient (Fig. 3b).

In order to describe more clearly the effect of operating
conditions on the axial gas dispersion coefficient, an empirical
correlation based on non-dimensional numbers was obtained by
linear regression:

Pey = 0.226Re)**m =039 17)

where Pe; is the axial dispersion Peclet number indicating

the proximity to plug flow, Rep = (2FgR)/u is the particulate

Reynolds number (Fy is the mass flow rate of the gas) and m is a

dimensionless group related to the relative solids/gas flow ratio:
Gs vs(l —¢)

m= = (18)
UgPp UgE

The relative error between the predictions by Eq. (17) and
the experimental data is within 7%.
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Fig. 3. The effect of operating conditions on the axial dispersion coefficient,
E,. (a) The effect of solids circulation rate and (b) the effect of superficial gas
velocity.

3.3. The overall mass transfer coefficient

The effect of the solids circulation rate and gas velocity on
the overall mass transfer coefficient is shown in Fig. 4. When the
gas velocity is fixed, the changes of G have no significant effect
on the overall mass transfer coefficient K. While the increase of
solids concentration associated with increased G5 enhances tur-
bulent mass transfer between gas and solids, it also increases the
probability of particle cluster formation, which in turn decreases
the gas—solids contact efficiency. It seems that those two effects
cancel out each other so that the effect of the solids circulation
rate on overall mass transfer coefficient appears to be negligible.
Fig. 4 also shows that the overall mass transfer coefficient Kg
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Fig. 4. The effect of Gy and ug on the overall mass transfer coefficient, K.
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Fig. 5. The effects of G and ug on the overall volumetric mass transfer coeffi-
cient, Kfa.

increases considerably with the gas velocity while G are kept
constant. This is because higher gas velocity induces more tur-
bulence in the gas flow, and therefore reduces the resistance to
mass transfer in the gas film and enhance the gas—solids mass
transfer rate.

The effect of operating conditions on the overall volumet-
ric mass transfer coefficient, Kra, is presented in Fig. 5. With
increasing solids circulating rate, the specific surface area of the
solids, a, is increased so that the overall volumetric mass trans-
fer coefficient is higher. On the other hand, the increase of gas
velocity results in an increase of the bed voidage and a decrease
of the specific surface area, so that Kra, the quantity of mass
transfer per unit volumetric bed, is decreased with gas velocity
even though the mass transfer coefficient per unit surface area
(Fig. 4) is increased.

An empirical correlation for the overall volumetric mass
transfer coefficient with the operating conditions was also
obtained:

Pey = —£ = 0.000185Re018,~0-983 (19)
Kral

with a maximum relative error of 9%.

3.4. Mass transfer coefficient at the solids side

From Eq. (4), the mass transfer coefficient from the solids
side, ks, is found to be independent of Gy and ug. However,
because of the effects of solids circulation rate and superficial
gas velocity on the specific surface area of the solids, the volu-
metric mass transfer coefficient, ksa, increases with the increase
of solids circulation rate and decreases with the increase of gas
velocity (Fig. 6).

3.5. Mass transfer coefficient at the gas side

Fig. 7 shows that the variation of the mass transfer coefficient
for gas sides with Gy are not very significant. It also shows
that k¢ increases significantly as ug increases when Gg are kept
constant. Because the mass transfer coefficient on the solids side
is independent of the operating conditions, the variation trend
for kf follows that for K.
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Fig. 7. The effects of operating conditions on the gas phase mass transfer coef-
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The increase of solids concentration results in the increase of
the specific surface area in the bed, so the gas volumetric mass
transfer coefficient, kra, become higher (Fig. 8). As u, increases,
kg is also increased but the specific surface area is decreased. As
aresult, kra demonstrates a general tendency to decrease with ug
(Fig. 8). This also indicates that the gas velocity has more influ-
ence on the surface area than on the mass transfer at the gas side.

3.6. Overall considerations

In summary, the increase of solids circulation rate increases
the volumetric mass transfer coefficient and consequently

coefficients, kf a (1/s)
w

Gas volumetric mass transfer

0 2 4 6 8 10
Solids circulation rate, G4 (kg /m?2s)

Fig. 8. The effect of operating conditions on the gas volumetric mass transfer
coefficient, kfa.

increases the mass transfer quantity between gas and solids,
even though the variation of G has only a little influence on
ks and K. However, if the increase of the solids circulation rate
goes beyond the range of the present experimental conditions,
the magnitude of the gas—solids mass transfer coefficient may
drop because of the increased probability of particle clustering
with increasing Gs. Similarly, the increase of uy can improve
the gas—solids mass transfer, but it also leads to the decrease of
the volumetric mass transfer coefficient, so that the overall mass
transfer coefficient would be decreased. For these reasons, the
optimum operating conditions of G and u; must be selected
carefully when designing a reactor, to optimize the gas—solids
mass transfer.

4. Conclusion

The method of steady-state adsorption was adopted to study
the characteristics of gas—solids mass transfer and the axial dis-
tribution profiles of the tracer CO, concentration in the downer.
Based on a one-dimensional flow model and the adsorption
kinetics, mass transfer coefficient and axial dispersion coeffi-
cients were obtained by means of a non-linear regression method
(the Marquardt method).

It is found that the solids circulation rate and superficial gas
velocity have no effect on the mass transfer at the solids side,
but have various effects on the mass transfer coefficient at the
gas side and consequently on the overall mass transfer coeffi-
cient. In comparison with G, ug has greater influence on k¢ and
Kg. Thus, a higher gas velocity can enhance the gas—solids mass
transfer.Based on the experimental results, two empirical corre-
lations for the axial dispersion coefficient and the overall mass
transfer coefficient were obtained:

Lug _ 0.226 Re0-499,,0-302

a

Pe; =

12 0.000185Re%018,, 0983
Kral
with m = G/(ug pp) = vs(1 — €)/(uge).

They fit the experimental data very well with relative errors
below 7% and 9%, respectively. More experimental data are
required to quantify the mass transfer process in downer in a
wide range of variables. The obtained correlations in this study
should be carefully applied for scale-up purposes.

Per, =
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